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Theoretical limiting prediction of H,S removal efficiency
from coal gasification streams using an intermediate
temperature electrochemical separation process

J. S. ROBINSON, J. WINNICK
School of Chemical Engineering, Georgia Institute of Technology, Atlanta, GA 30332, USA

Received 27 January 1997; accepted in revised form 8 September 1997

A mathematical model has been developed to predict the theoretical limiting H,S removal efficiency
of an electrochemical membrane separator (EMS) in the presence of overwhelming levels of H,O and
CO; (as would be found in syn-gas). Thermodynamic principles gave the minimum potential re-
quirements for cell operation. Factors including electrokinetics, mass transfer, chemical equilibria
and internal resistance, occuring with application of current, were incorporated into the prediction.
Theoretical predictions, which represent a limiting value, show achievable current efficiencies close to
100% for high H,S levels (1000 ppm) at 90% removal. At this same removal level with 100 or 10 ppm
inlet gas, the predicted maximum current efficiencies dropped, due to concentration effects, to 93%
and 40%, respectively. This solidifies the economic importance of obtaining close to 100% current
efficiencies at sour gas levels compared to polishing applications where the removal, not the current
efficiency, is more important. Predicted cell potentials were consistently in the same range, —0.450 to
—0.550V, for all concentration levels at 90% removal. Comparison with experimental data gave
good agreement; actual current efficiencies were consistently within 15% of the maximum predicted
values at coinciding removal levels. However, actual potentials were lower (less negative) because of
hydrogen leakage through the cell membrane. While lower potentials require less power, sulfur

production at the anode was reduced.
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1. Introduction

Processes to remove H,S typically rely on low-to-
ambient temperature adsorption, followed by sorbent
regeneration and Claus plant treatment for conver-
sion of H;S to a salable byproduct, sulfur. Although
effective, this type of removal is very process-inten-
sive as well as energy-inefficient due to low tempera-
ture operation. Gasification streams generally range
from 500-1000 °C, requiring cooling before and re-
heating after process gas sweetening. Although these
technologies have proven capable of meeting H,S
levels required by MCFC, there are several disad-
vantages inherent to these processes [1, 2].

Alternative high temperature methods are presently
available, but process drawbacks including morpho-
logical changes in catalytic beds [3] or inefficient molten
salt sorbent processes [4] that negate savings incurred
through energy efficient removal temperatures.

An electrochemical membrane has been shown to
remove H,S from coal gas streams in laboratory tests
[5-7]. The high operating temperature, flow-through
design, capability of selective H,S removal and direct
production of elemental sulfur offered by this process
provide several advantages over existing and devel-
opmental H,S removal technologies.
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But, coal gasification streams contain a consider-
able concentration of electro-active species (i.e. CO,,
H,0), up to five orders of magnitude greater than
H,S, creating a competition for the electrons at the
cathode. However, the effect of the Nernst equation is
to cause large concentration differences to be com-
mensurate with only small differences in total cell
potential.

The electrochemical membrane separator (EMS)
[5-7], the focus of the limiting prediction studies,
purges a fuel gas contaminated with H,S. This is
done by reducing the most electroactive species in the
gas stream. In this case, H,S is reduced by the fol-
lowing:

H,S + 2e”—H, +Sz_ (1)

A membrane which contains sulfide ions in a molten
salt electrolyte will act to transport the ions across to
the anode. If the membrane is impermeable to H,
diffusion from the cathode side, an inert sweep gas
can be used to carry the vaporous oxidized sulfur
downstream to be condensed:

S — 18, +2¢” (2)

The situation is somewhat complicated when real
gas mixtures are processed. Carbon dioxide and wa-
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ter vapor compete in the reduction reaction at the
cathode by

CO, + H,0 4 2¢”—H, + CO%~ (3)

The ionic flux through the membrane depends on
both the relative mobilities of carbonate and sulfide
ions as well as their concentrations.

However, anodic competition exists in the form of
carbonate oxidation:

CO; —CO, +10, +2e~ (4)

Preventing the oxidation of carbonate at the anode is
necessary for prohibiting its transport through the
membrane, allowing the preferred oxidation of sul-
fide ions, Reaction 2.

2. Background

Membrane gas separation systems have been used in
applications, such as hydrogen gas purification, for
many years. The separation relies on a chemical po-
tential gradient as the driving force. A pressure or
concentration gradient usually provides the necessary
driving force for mass transfer of component i across
the membrane:

Aw; = p; — w: = RTIn <a;> (5)
a;
where the prime represents the extractive side. Typi-
cally, these processes are not species selective; there-
fore, they do not produce high purity products.

In an electrochemical membrane separation, an
electrochemical potential gradient provides the driv-
ing force across the membrane:

Al =T; — i, = RT In (“—,) + ZFAD (6)
a

1

which is established by applying an external poten-
tial, ¢. In this case, with charged species, a pressure
or concentration gradient is neither required nor de-
sired. However, to establish the validity of this device
for application to coal gasification cleansing, it is
necessary to quantify the maximum current efficiency
achievable at various levels of H,S in the presence of
competing species (e.g. CO; and H;0).

3. Prediction of limiting performance

A high temperature electrochemical membrane pro-
cess is illustrated in Fig. 1. Summing the commen-
surable half-cell reactions at 923 K, shown in Fig. 2
on a potential scale based on the carbonate reference
used in molten carbonate research, from Equations 1
and 2 results in

H,S—H, +1S, E°=-0239V (7)
and from Equations 3 and 4 yields
H,0—H, +30, E°=-1.030V (8)

which can be related to the change in standard Gibb’s
energy and minimum electrical work required for the
separation by

W. = AG = —nFE° 9)

where 7 is the number of electrons transferred in the
reaction and F is Faraday’s constant or the amount
of charge passed per mole of species reduced or oxi-
dized. Negative E° values indicate a nonspontaneous
process; reactions with smaller negative values will be
most likely to proceed. Thus, at low cell potentials
sulfide ions will be transported in preference to car-
bonate. Each will occur at the same cell potential; that
is, the total cell voltage less the ohmic polarization.
But as expressed by the Nernst relation, the concen-
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Fig. 1. Single-cell view of the electrochemical membrane separator.
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—— CO2 +1/203 +2e-—> CO32- EC=0V

AGP=-nFE°

Standard Reference: CO32- <> CO2 + 1/2 02 + 2e-

[

1283 + 2 —> §2- E0=-0.761V

———=»  H)S +2e- — > Hp+S2- E0=-1.0V

L— > H;0+COz+2¢—> H2+CO32 E0=-103V

Fig. 2. Half-cell reactions on a potential scale (vs standard refer-
ence).

tration terms will be greatly affected by the large
difference in the standard cell potential, E°, values.
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In addition to the Nernst potential, additional
applied voltage is required to operate the separation
cell due to irreversible losses. These losses occur by
internal resistance, concentration effects in the pro-
cess gases, and the activation barrier for electron
transfer. The result is an increase in the total cell
potential over the reversible potential.

3.1. Activation overpotential

The activation overpotential at both cathode and
anode is the overpotential required to drive the elec-
trochemical reactions occurring at these electrodes.
The expression relating this overpotential to the flux,
or current density, is the Butler—Volmer equation:

i—= iO [exp (aaF'/lact,a) —exp <_acF’7act7c>:| (12)
RT RT

which holds for specified temperature, pressure, and
concentration of reacting species. The transfer coef-
ficients, o, and o., sum to the number of electrons
transferred in the reaction:

Oy +0c=n (13)

3.2. Concentration overpotential

Concentration overpotential originates from devel-
oping concentration gradients due to consumption of

electro-active species at the electrode surface. Trans-
port of these species is composed of four steps, oc-
curring in series: (i) the H,S must diffuse through the
gas-phase boundary layer to the cathode interface, (ii)
it must diffuse through the pores of the electrode to
the electrolyte film, (iii) the sulfide ion must migrate
to the anode, and (iv) the oxidized species must dif-
fuse out into the sweep gas at the anode. The effect of
step (iii) has been minimized due to proper membrane
design and steps (ii) and (iv) have been found to be of
no consequence [8—10]. The limiting process for re-
moval is thus diffusion of electroactive species to the
electrode pores from the bulk gas. Since the gas-phase
concentration of H,S changes along the length of the
channels, a log-mean average is used in the calcula-
tion of limiting current density by:

(yinlet - yexit)
ln(yinlet/yexit)

where n is the number of electrons transferred per
mole of species removed, F is Faraday’s constant, ky,
is mass transfer coefficient, p is the molar density of
the bulk gas, and yx is the inlet or exit mole fraction
of H,S. The average mass transfer coefficient was
derived from an estimated Sherwood number de-
pendent on channel dimension and constant H,S
surface concentration 11 as follows:

kmDeq
—_— 1
Do (15)

with Dgq defined as the equivalent channel diameter
above the electrode surface:

L, = anmp (14)

Ny =

4(cross-sectional area)
(wetted perimeter)

Deg = 4ry = (16)
For our square channel and laminar flow the Sher-
wood number is 2.98 [11]. The diffusion coefficient of
H,S through nitrogen at 650 °C is calculated by [12]

~0.0018583 73/ RS
T PowQp, M, M,

(17)

In these experiments, Degq is 0.3 cm, Dy is 1.1 cm? s7!,

giving a mass transfer coefficient of 11.2cms™!.
The concentration overpotential is expressed in
terms of applied current and the limiting current

density found from Equation 14 by

RT I
Neconce :ﬁln 1 _E

For example, at 90% H,S removal from 1000 ppm
inlet, at 200 cm® min~!, the calculated limiting and
stoichiometric current densities are 118.1 Am~2 and
29.6 Am™2, respectively, with an electrode area of
7.91 x 10~* m?.

The stoichiometric current density required to re-
move a percentage of inlet H,S is given by

nFPV
= (19)
Dividing by the limiting current density gives the
minimum electrode area necessary for these removals:

(18)

(Ax species removed )
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Electrode area = L (20)
L
before exceeding the limiting current based on bulk-

gas diffusion of HjS.
3.3. Ohmic polarization

Ohmic losses occur due to resistance in ionic and
electronic transfer of current through the separation
system. The ohmic losses can be expressed by

thmic =R (21)

with 7 representing current and R the total cell resis-
tance.

3.4. Cell voltage

Total cell voltage incorporating ohmic polarization,
concentration and activation overpotentials along
with the Nernstian effects (Equation 10) sums to

Veet = AEc — |7’conc| - |'7acl| — IR (22)

where AE,_, is the equilibrium cell voltage. Although
as we will see, the driving force for each of the elec-
trode reactions is independent of the ohmic effects in
the present case.

The relative contribution of each variable in the
cell voltage can be graphed against the percentage
H,S removal in an attempt to ascertain the most
outstanding energy loss mechanism. Process im-
provements in these areas can reduce the energy input
needed to obtain H>S removals.

4. Discussion of theoretical limiting prediction

The simulated run conditions were at equal cathodic
and anodic flow rates of 200 cm® min~', atmospheric
system pressure, a run temperature of 650°C, and
three order of magnitude changes in H,S removal
(1000 to 1 ppm). The superficial cathodic and anodic
exchange current densities were estimated at
40 mA cm~? after the results of the free electrolyte
studies [8, 9]. The exchange coefficients, o, and a,
were assumed to be unity. Ohmic resistance across
the cell was conservatively estimated to be 1 Q, based
on past EMS experiments [5-7].

The above exchange current densities were used in
Equation 12 at the stoichiometric current densities
corresponding to each flow rate of H,S. As shown in
Figs 3, 4 and 5, calculated activation overpotentials
are negligible at both cathode and anode. This means
the electrochemical kinetics are extremely rapid as
compared with diffusion from the bulk gas phase and
through the electrolyte filled membrane. Calculated
cross-cell voltages are shown as the sum of the
Nernstian, concentration, and ohmic polarization
effects.  Therefore, at 90% removal H,S
(1000-100 ppm; 100-10 ppm; 10—1 ppm), the results
of Figs. 3, 4 and 5 predict total cross-cell voltages of
—0.4474,—0.4675 and —0.5107 V.
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Fig. 4. Theoretical cross-cell potential against H,S removal.
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4.1. Parallel sulfide, carbonate transport

Since the carbonate transport of Reaction 8 parallels
the sulfide transport of Reaction 7, the same current
is available for transport of both species. Therefore,
only a certain amount of current will act to transport
either constituent, giving a finite maximum current
efficiency with respect to H,S removal for any per-
centage of H,S removed. This is dependent on gas
composition and total cross-cell potential required
for the desired separation of H,S.

Activation Cone. (Cath, only)
0 e p— — 7_ = ‘é T 0.3
F Ohmic / ] g
0.1 | / 1025 «
> 3 ﬁ ] =z
~ 02 lo2 E
E 0 |k
b L ] 5
-0.3 0.15
% [ rd ] 2
=% F 4 [
= oal ~— Nernstian 101 @
3 Tr /‘ b T ¢ 17 £
© [ A il ] 2
.05 - 7 otal Cell Voliage ... ——=».% = 1 0.05 ﬁ
7 ) 2
L 7]
06 L+ v N L s L L 0
] 20 40 60 80 100

Hydrogen Sulfide Removal / %

Fig. 5. Theoretical cross-cell potential against H,S removal.
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The total cross-cell voltage is calculated for the
desired H,S removal from Equation 22, assuming:
equal cathode and anode gas flow rates, and that the
equilibrium voltage calculated from the Nernst ex-
pression, Equation 10 and the H,S concentration
overpotential, Equation 18 are the only significant
contributions to the total cell voltage. Further, at the
low fluxes encountered here, the activity of sulfide is
assumed equal at cathode and anode.

The Nernst potential for carbonate (Equation 11)
can be equated to this total cross-cell voltage, since
both occur at the same potential. Note there is no
contribution of concentration overpotential for car-
bon dioxide or water at the cathode, due to their high
levels relative to H,S, and there is negligible activa-
tion overpotential at these low current densities.
From this potential, the CO, partial pressure at the
anode is calculated (the O, partial pressure is one-half
the CO, partial pressure). The calculated extent of
parasitic carbonate current occurring in the removal
cell as a function of percentage H,S removal is shown
in Figs 6, 7 and 8 as anodic CO, partial pressure and
current efficiency.

Examination of the results shows that the theo-
retical maximum H;S current efficiency drops only to
99.5% at 90% H,S removal (1000-100 ppm H,S),
93.2% at 90% H,S removal (100-10 ppm H,S), and
40.2% at 90% H,S removal (10-1 ppm H,S). The
excess current goes to produce anodic CO,. Although
attempts were made to measure CO; evolution, none
was observed. This is no doubt due to the fact that it
was below detectable levels. No H,S was ever de-
tected at the anode.

4.2. H, crossover

Hydrogen crossover is another deterrent in obtaining
higher current efficiencies; however, its effect was not
incorporated into the theoretical model. When H,
crossover from the cathode side to the anode side
occurs, two reactions are possible at the anode. The
first is the oxidation of hydrogen and the sulfide ion
to hydrogen sulfide by

H, +S*—H,S +2¢” (23)
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Fig. 6. Predicted anodic CO; production and maximum H,S effi-
ciency against H,S removal. 1000 ppm inlet H,S.
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Fig. 7. Predicted anodic CO; production and maximum H,S effi-
ciency against H,S removal. 100 ppm inlet H»S.

The second is the oxidation of hydrogen and car-
bonate to water and carbon dioxide by

H, + CO3 —H,0 + CO, + 2¢~ (24)

Reaction 23 eliminates the possibility of sulfur con-
densation (Equation 2), but more importantly Reac-
tion 24 is simply the reverse of Reaction 3, negating
the electrochemical window shown in Fig. 2. This
reaction will cause oxidation of carbonate from the
anolyte, thus inducing carbon dioxide/water vapour
reduction to form equivalent carbonate in the cath-
olyte. Thus any hydrogen crossover will lead to par-
asitic current composed of Reaction 3 at the cathode
and Reaction 24 at the anode, transporting carbonate
without sulfide. As expected due to the preponder-
ance of carbonate in the electrolyte, no H,S was de-
tected in the anode outlet.

5. Comparison to past bench-scale experiments

The experimental percentage H,S removal efficiency
is calculated using

H,S Removal
(Outlet HaSero current — Outlet HaSyappiied)

= x 100
(Outlet H>Szer0 currem)
(25)

and the current efficiency is calculated using
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Fig. 8. Predicted anodic CO, production and maximum H,S effi-

ciency against H,S removal. 10 ppm inlet H,S.
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%H,S Removal (actual)
%H,S Removal (theoretical)

(26)

representing the ratio of H,S actually removed
compared to the theoretical amount that should be
removed at a finite applied current. In this Section the
current efficiencies and cell potentials of bench-scale
experiments previously published [13, 14], represent-
ing very sour coal gas and contaminant level coal gas,
are compared to those predicted by the aforemen-
tioned theoretical prediction. Review of published
results reveals that H,S current efficiencies, removal
efficiencies, and cell potentials fluctuated over the
duration of each experiment. This was mainly at-
tributed to a variation in electrolyte distribution
within the system, hydrogen permeation, and variable
process gas seals. Actual cell potentials for polishing
level experiments, graphically illustrated in this sec-
tion, represent the non-IR compensated values; small
applied currents coupled with low ohmic resistance
resulted in an insignificant contribution, only several
millivolts, to the total cell potential.

The experimental error is conservatively identified
within a 95% confidence interval based on a random
sampling distribution of sums and quotients, Equa-
tions 25 and 26.

’7st =

5.1. Contaminant level coal gas

The polishing application of the EMS system has
been demonstrated on the bench-scale level [13].
Outlet H,S levels were reduced from 10 to ~1 ppm or
90% removal. The current efficiency at this removal
level was 12.6% which compared favourably to the
theoretical model prediction of 30.8% current effi-
ciency at 90% removal. H,S current and removal
efficiencies are illustrated in Fig. 9. Total cell voltages
at 90% removals were about —0.012 V (the theoreti-
cal value is —0.521 V). The discrepancy in actual vs
predicted potentials can be explained by H, cross-
over, detailed earlier.

In other experiments [13], over 80% H,S removal
was achieved at varying flow rates. Bench-scale cur-
rent efficiencies (50% at 80% removals) agreed well

L R R
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s O Y
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: \
5 30 | \
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73} r \
=" 20 ¢
[ —e—
10 L v v o s I

20 30 40 50 60 70 80 80 100
H,S Removal ! %

Fig. 9. Comparison of theoretical and actual values: H,S removal
against current efficiency. Conditions: inlet H,S 14 ppm; temp.
650°C; cathode flow 215 cm3 min~'.

with the theoretical predictions (68% at 80% re-
movals) in a similar relationship to that of Fig. 9
(~15% below the theoretical maximum value).
However, fluctuation occurred over the experimental
run, due in part to a change in flow rate and elec-
trolyte loss associated with experimental materials
(R varied from 1 to 3Q). Figure 10 gives a repre-
sentative proximity of the theoretical values to bench-
scale data at a cathode flow of 375 cm® min~'. Actual
potentials were well below those predicted, again due
to H, crossover.

5.2. Very sour coal gas

Figure 11 [14] (13000 to ~100 ppm) & Fig. 12 [13] (90
to ~6 ppm) reveal over 90% H;S removal; actual and
predicted current efficiencies are shown. Once again
current efficiencies are well below predicted limits.
This can be attributed to hydrogen crossover due to
material deficiencies. These were less evident in the
polishing application of this technology due to im-
provements in membrane fabrication [13]. However,
these results strengthened the necessity for a limiting
prediction in order to gauge system performance,
thereby identifying adjustments in the bench-scale
apparatus necessary for improving the unit opera-
tion.
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Fig. 10. Comparison of theoretical and actual values: H,S removal
against current efficiency. Conditions: inlet H,S 25 ppm; temp.
650°C; cathode flow 375 cm?® min~".
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Fig. 11. H,S removal and current efficiency collected by Weaver

[5] compared to theoretical model prediction. Conditions: inlet H,S

13 000 ppm; temp. 650°C; cathode flow 75 cm3 min~".
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Fig. 12. H,S removal and current efficiency collected by Alexander
[6] compared to theoretical model prediction. Conditions: inlet H,S
90 ppm; temp. 650°C; cathode flow 88 cm? min!.

5.3. Power requirements

The results of the model reveal extremely high current
efficiencies are attainable in the very sour coal gas
streams (99.5% at  90% H,S  removal;
1000-100 ppm). This is a favorable result considering
the power requirement, given by:

Power (P) = Total Cell Voltage (V)

x Cell Current (I) (27)

at higher inlet H,S concentrations is considerably
greater than at lower concentrations, Fig. 13
(10.52 W at 1000 ppm inlet H,S, 0.29 W at 10 ppm
inlet H,S); a high efficiency is a must in the higher
H,S concentrations if the process is to be economi-
cally viable. Energy requirements for the 10 ppm H,S
removal are negligible, shown in Fig. 13, alleviating
concern due to lower current efficiencies. At any level,
the specific theoretical energy cost at 100% current
efficiency is only 0.67 kWh/kg.

6. Conclusions

A theoretical limiting prediction has been developed
for the EMS which is used for the removal of H,S
from coal gasification streams. The prediction, uti-
lizing the salient electrochemical parameters inherent
to a zero-gap membrane system, provides a perfor-
mance gauge.

Comparison to experiment showed good agree-
ment in contaminant level removal but revealed in-
adequacies in past bench-scale experiments with very
sour coal gas. However, adjustments have recently
been made based on these findings in areas of
membrane manufacturing techniques and electrode
stabilization. The results (in preparation for publi-
cation) are extremely positive concerning the even-
tual application of the EMS system on an industrial
scale.

E] w/o Carbon Dioxide Present
R w/ Carbon Dioxide Present

Power / W

NG

1000 100 10
Inlet H,S / ppm

Fig. 13. Power estimates for 90% H,S removal of inlet concen-
tration (bench-scale).

Eventual scale-up applications of this technology
will utilize this theoretical limiting prediction to en-
sure process performance.
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